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ABSTRACT

The impact of different process variables affecting the coking and rejuvenation of
HZSM-5 zeolite catalyst has been studied during the conversion of dimethyl ether
(DME) to olefins in a fixed bed reactor. Those variables involve the effect of (i) the
matrix material with mesopores; (i) temperature; (iii) space time; (iv) acidity of the
catalyst; (v) steam, inert or air in the reaction-regeneration medium. Used catalysts have
been characterized through N> adsorption-desorption and temperature-programmed
oxidation and the presence of three coke fractions has been identified deposited within
the zeolite micropores, the external surface of the crystals and the mesopores of the
matrix. Low Si/Al ratios (140) and temperatures (350 °C), and co-feeding water with
DME, reduce the formation of coke within the zeolite micropores, favoring the stability
of the catalyst. Reaction-regeneration cycles confirm that catalysts totally recover the

activity through combustion of coke during a heating ramp up to 550 °C.
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1. Introduction

Conversion of dimethyl ether (DME) is an attractive alternative for the sustainable
production of olefins in order to progressively replace the classic routes of oil derived
cracking.!” DME is commonly obtained through dehydration of methanol, which is
synthesized from the syngas produced by natural gas, coal, biomass or waste
gasification/reforming.® Its direct production in a single stage with a bifunctional
catalyst (syngas to DME or STD process) has marked thermodynamic advantages since
the conversion of methanol to DME displaces the equilibrium of methanol synthesis.*?
Apart from the higher valorization of syngas directly transformed into DME, the
conversion of co-fed CO; is also higher in STD process than that observed in a
sequenced two-step synthesis of methanol and methanol dehydration to DME.>”’ For
this reason, STD process is considered one of the most encouraging and prospective
route for the valorization of biomass and CO, at large scale.* ' On the other hand,

DME presents interest not only as raw material for the production of olefins, but also

from an economic point of view due to its potential use as household and engine

11,12 13-15

fuels, '~ and hydrogen vector.

Recent works on the transformation of DME into light olefins are focused on
establishing a suitable catalyst and conditions for DTO process (DME to olefins),'®1”
with the aim of developing a feasible alternative to the implemented MTO process.?’
Results highlight a similar kinetic scheme for DTO and MTO processes over catalysts
based on HZSM-5 zeolite or SAPOs (-18 and -34). This kinetic scheme follows the dual
cycle mechanism (based on the hydrocarbon pool, HCP), which is reasonably well-

explained and accepted in the literature.?!2* According to this mechanism, methanol is

transformed into a pool of organic intermediates (active species that include poly-



methyl benzenes and poly-methyl cyiclopentenyl cations), which form light olefins
(primary gaseous products) through arenes dealkylation cycle and olefins
oligomerization-cracking cycle.?*?® Light olefins also undergo secondary reactions of
hydride transfer, cyclization and condensation, thus forming paraffins, long chain
olefins, aromatics and finally coke.?»*®3! However, notable differences are also

observed in the transformation of DME with respect to that of methanol to olefins.

Higher advance of the reaction and deactivation rates are reported for the transformation
of DME using HZSM-5 zeolite.?’*° DME is more reactive than methanol due to its
higher proton affinity? and its ability to easily react with methoxy species (formed by
adsorption of methanol and DME in the acidic sites), yielding propylene.>®> Experiments
with the same content of water in the reaction medium also proved the higher reactivity
of DME using this zeolite.!® Nevertheless, shape selectivity and reaction conditions

1.3* observed a

have a strong influence on the reactivity of both oxygenates. Li et a
higher reactivity of methanol (yielding product and coke) using a SAPO-34 catalyst and
very low partial pressure of the reactant. At similar reaction conditions and catalyst
acidities, the higher reactivity of DME over the HZSM-5 zeolite is attributed to the easy

evolution of the dual cycle mechanism towards hydrocarbons due to the lower steric

constraints.!”

The differences between the conversions of DME and methanol suggest that distinct
catalysts and conditions are required for maximizing the production of olefins and the
stability of the catalyst. In a previous work, the great kinetic performance (activity,
selectivity and stability) of HZSM-5 zeolite with high Si/Al ratio was reported.!”!8
Likewise, a kinetic model of the DME transformation into olefins was previously
29,30

established, allowing for predicting the evolution of products with time on stream.

In this work, the deposition of coke in a HZSM-5 zeolite-based catalyst during the DME



conversion is studied, as well as its regeneration through combustion of coke. The main
goal is to understand the influence of the catalyst properties (agglomeration of the
zeolite in a matrix and acidity) and the reaction conditions (temperature, space time and
DME dilution with N> or water) on the amount, nature and location of deposited coke,
its effect on catalyst deactivation and thereby establishing the conditions for its
complete removal. In this regard, catalyst deactivation and regeneration are intrinsically
related and play a key role in the development of DTO process using a circulating

fluidized bed reactor-regenerator system (like the MTO process does).?°

2. Experimental
2.1. Catalyst preparation

Catalysts were prepared through wet extrusion of commercial HZSM-5 zeolites (with
Si/Al molar ratios of 15 and 140) supplied by Zeolyst International. Pseudoboehmite
(Sasol Germany) was used as a binder (30 wt% in the final catalyst), whereas a colloidal
dispersion of a-alumina (Alfa Aesar, 22 wt%) was used as inert filler (20 wt% in the
final catalyst). After a homogeneous mix of the components was reached, the extrudates
were prepared and then dried at room temperature for 12 h, and at 110 °C in a vacuum-
dryer for 2 h. This agglomerated catalyst was sieved to a particle size between 0.125
and 0.3 mm and calcined at 575 °C for 2 h using a temperature ramp of 5 °C min™.
During the thermal treatment, pseudoboehmite is transformed into y-Al2O3. The zeolites

were named by indicating their Si/Al molar ratio (Z15 and Z140), whereas the

nomenclature for final catalysts was built by adding a C (CZ15 and CZ140).

2.2. Experimental runs



Reaction runs were carried out in an automated reaction equipment (PID Technology,
Madrid, Spain) based on a stainless-steel fixed bed reactor heated by a cylindrical
ceramic oven. The catalyst was mixed with inert SiC (with a particle diameter between
0.5 and 0.6 mm) in order to ensure a constant catalytic bed height in all experiments and
isothermal conditions. Before the reactions, the catalyst was submitted to a pretreatment
at 550 °C for 2 h under a continuous flow of air (30 cm*STD min™') for the sake of
sweeping water and impurities trapped within the pores of the catalyst. The following
reaction conditions were used: 325-400 °C; 1.5 bar; space time, up to 2.0 geat h molc™;
time on stream, 15 h. DME was fed diluted in N> and water, using a maximum DME-to-

diluents molar ratio of 1:8 (DME partial pressure, 0.16 bar).

For catalyst regeneration experiments, reaction-regeneration cycles were carried out.
After each reaction run, the catalytic bed was submitted to a sweeping with N> at the
reaction temperature (350 or 400 °C) for 10 min. Subsequently, the temperature was
raised up to 550 °C at 5°C min! under a continuous flow of air (30 cm>*STD min™).
This temperature has proven to be suitable for the regeneration of catalysts calcined at
575 °C, and used for the conversion of methanol and ethanol to hydrocarbon, avoiding

the irreversible deactivation by dealumination.>>

The reactor was coupled in-line with a gas chromatograph (Agilent 300A MicroGC)
provided with four columns in order to identify the following reaction products: (i) CHa
and CO in a MS-5 column; (ii) CO2, DME and methanol in a Porapak Q column; (iii)
C»-Cs paraftins and olefins in an Alumina column, and; (iv) Cs-Cg paraffins and olefins
and BTX aromatics in a Stabilwax column. Olefins, which are the main products of
reactions, were grouped in a lump containing ethylene, propylene and butenes (iso-
butene, 1-butene, frams-2-butene and cis-2-butene). The rest of hydrocarbons (Cz-s

paraffins and BTX aromatics) were grouped in lumps named HC. Then, the conversion



of DME (X) and the yield (YY) of olefins and HC were defined in terms of carbon unit

as:

X = fefoue 199 )

C
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C
where Fc is the total carbon molar flow in the reactor and Fpme and F; are the carbon
molar flows of DME (and methanol) and of / lump at the outlet of the reactor. Methanol
is not considered a product of the DTO reaction since it is in equilibrium with DME at
the reaction temperatures. A similar index based on the carbon atoms of olefins and the

1.37

reactant is defined by Wei et al.”’ in order to describe the C atom economy. In our case,

the yield of olefins corresponds to this C atom economy.
2.3. Used catalyst characterization

For assuring reproducible results of coke characterization, the catalytic bed was cooled
to 150 °C after each run and submitted to a sweeping with N> for 20 min in order to
remove the adsorbed volatile products. Subsequently, the catalytic bed was cooled to
room temperature and the catalyst was separated from the inert SiC for its
characterization. The porous texture of the used catalysts was characterized by N>
adsorption-desorption at -196 °C. From the isotherms, the specific surface area (Sger)
was calculated using the BET equation, and the #-method was used to calculate the
micropore volume (Vmicropore) and the external surface area (S¢). In this case, St is
associated with the external surface of zeolite crystals and the mesopores of the y-Al>O3

matrix.

The total acidity of the zeolite, matrix and catalysts was determined by the adsorption-

desorption of fert-butylamine (t-BA), combining thermogravimetric and differential



scanning calorimetry analyses in a Setaram TG-DSC calorimeter coupled to a mass
spectrometer (Thermostar, Balzers). Samples were firstly submitted to a He stripping at
550 °C, after which temperature was cooled down to 100 °C and t-BA was adsorbed.
Physisorbed molecules were removed by a He stripping, and then temperature was
raised up to 500 °C under the same He flux at 5°C min™!. The t-BA desorption was
monitored using the mass spectrometer by recording the signal of butene (m/z = 56),

which is the main product of t-BA cracking.

The content, location and nature of coke were studied by means of temperature-
programmed oxidation (TPO) in a thermobalance TGA Q5000 IR (TA Instruments).
Before the combustion, samples of used catalyst were submitted to a temperature-
programmed desorption (TPD) in order to sweep water and reaction intermediates
adsorbed on the surface of the catalyst. During TPD, temperature was stabilized in
50 °C and then raised up to the reaction temperature of each used catalyst at a heating
rate of 10 °C min™! in a continuous N> flow of 50 cm*STD min™'. After 15 min at this
temperature, samples were cooled again at 50 °C. The TPO analysis was carried out
under an air flow of 50 cm®>STD min!, using a heating rate of 5 °C min™' up to 550 °C

and maintaining this temperature for 2 h

The weight loss during the TPO experiments is usually simulated with different kinds of
models, but the simplest power-law kinetic models are generally used.***! Moreover,
Querini et al.** firstly explain the possibility of obtaining accurate fitting of
experimental TPO profiles by their deconvolution with a linear combination of power-
law expressions. According to our previous results,*® three different coke fractions can
be defined for describing the carbonaceous species deposited during DTO reactions.
Their combustion was modeled assuming a complete combustion of each fraction, no

diffusion limitations and a uniform combustion model of the coke particles. In this



sense, a power-law kinetic equation of first order, respect both each i coke fraction

concentration (Cc;) and oxygen partial pressure (Po2), is defined:

aC. . E(l 1
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The kinetic constant was expressed using the reparameterized form of the Arrhenius
equation. Thereby, ki* and E; are the apparent kinetic constant at the reference
temperature (T", 500 °C) and the activation energy for the combustion of each i coke
fraction, respectively, and R is the universal gas constant. The initial condition required

for solving the ordinary differential equation is:
C. (120) =fCc (5)

where f; is the mass fraction of each i coke fraction and Cc is the total amount of coke
calculated as the difference between the total mass of the used (after the TPD) and the
regenerated catalyst (after the TPO). The optimal parameters of ki and E; were
computed using a MATLAB routine, which allows for minimizing the sum of squares

errors between experimental and calculated values as follows:

J (6)

where j is the number of experimental point and n the maximum value of time in which

dC
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a complete combustion of coke is observed.

3. Results and discussion

Catalyst deactivation by coking is crucial issue for the viability of DTO process and it is

determined by the properties of the catalyst and the reaction conditions. The effect of
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the properties of the catalyst (agglomeration of the zeolite in a mesoporous matrix and
acidity) on the deposition of coke and its location in the catalyst particle is studied in the
sections 3.1 and 3.2. The influences of the reaction conditions (temperature and space
time) and of diluting the DME with N> and water are discussed in sections 3.3 and 3.4,
respectively. Finally, section 3.5 deals with the study of catalyst regeneration in order to

establish the combustion conditions for the complete recovery of the activity.
3.1. Effect of agglomerating the zeolite

The use of catalysts at industrial scale requires particles with high mechanical
resistance. In general, zeolites present low particle size and mechanical resistance and,
for this reason, they are usually embedded in a tougher matrix.*’ This changes the
porous texture of the catalyst particle. Particularly, pseudoboehmite-derived
mesoporous matrix provides the catalyst with a hierarchical porous texture, which
favors the diffusion of reactants and is able to attenuate the blockage of the zeolite
micropores.*>** Table 1 shows the main textural parameters (calculated from the N>
adsorption-desorption isotherms) of the bare zeolite with a Si/Al molar ratio of 15
(Z15), the pseudoboehmite-derived matrix (after the calcination at the same temperature
than the catalyst, 575 °C) and the final catalyst (CZ15). As it is possible to observe, the
Z15 zeolite presents the highest value of BET specific surface area (Sger of 436 m? g!)
with a minimum contribution of the specific external surface (S¢ of 45 m? g!). This
result is typical of solids with a developed microporous texture (Vmicropore 0f 0.18 cm? g~
1). On the contrary, pseudoboehmite-derived matrix exhibits a higher value of S than
that of Sper (131 and 113 m? g'!, respectively), which is associated with mesoporous
solids without thinner pores than 2 nm (characteristic of y-AlOs). After the
agglomeration, the textural parameter of the CZ15 catalyst (288 and 136 m? g'! of Sger

and S;, respectively) indicates that the microporous crystals of the zeolite are dispersed
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in the mesoporous matrix, without decreasing the accessibility of N> towards its

Channels (Vmicropore Of 0.06 Cm3 g_l).

Table 1. Textural and acid parameters of the zeolite, the pseudoboehmite-derived
matrix and the final catalysts from N adsorption-desorption isotherms and t-BA

adsorption-desorption.

SpeT St V micropore Total acidity

(m*g™) (m*g) (em’ g™ (mmol.ps g')
Z15 436 45 0.18 0.80
Matrix 113 131 0.00 0.12
CZ15 288 136 0.06 0.42
CZ140 271 131 0.07 0.33

Figure 1 displays the evolution of the conversion of DME with time on stream for the
zeolite (Z15) and the catalyst (CZ15). Apart from the differences between the porous
textures of both, the total acidity is almost two times higher for the Z15 zeolite
(Table 1). Nevertheless, this is not a significant parameter in results of Figure 1, since
the space time is referred to the amount of zeolite, i.e. the double weigh of CZ15
catalyst in the catalytic bed. The conversion of DME with the bare pseudoboehmite-
derived matrix is negligible, and therefore its evolution is not depicted. As observed in
Table 1, the total acidity of the matrix is lower than that of the CZI5 catalyst
(0.12 mmolepa g!). Moreover, its acidic sites are weaker than those of Z15 zeolite,*
which makes them non-actives in DTO reactions (neither products nor coke are
observed). The initial conversions of the Z15 zeolite and the CZ15 catalyst are similar

(44 and 50%, respectively). However, the decrease in the conversion with time on
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stream is significantly faster for the Z15 zeolite. Both Z15 zeolite and CZ15 catalyst

reach values of conversions lower than 5% after 15 h.
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Figure 1. Comparison between the evolutions with time on stream of the conversion
obtained with the zeolite (Z15) and the agglomerated catalyst in the pseudoboehmite-

derived matrix. Reaction conditions: 350 °C; space time 1.0 gz h™! molc .

In order to explain these results, TPO analyses were carried out with the CZ15 catalyst
and Z15 zeolite used in runs with different temperatures and space time values. These
TPO profiles were deconvoluted according to the combustion kinetic model previously
described in the Section 2.3 and three different coke fractions (C1-C3) were defined. As
an example, Figure 2 shows the TPO profiles obtained for the CZ15 catalyst
(Figure 2a) and the Z15 zeolite (Figure 2b) for a given reaction conditions. Figure 2¢
displays the corresponding values of total content of deposited coke (Cc) and the

relative amount of each fraction (C1, C2 and C3).
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Figure 2. TPO profile deconvolutions for the used (a) CZ15 catalyst and (b) Z15 zeolite

and (c) content of each coke fraction deposited on these catalysts

TPO profiles and coke fractions distribution of both used CZ15 catalyst and Z15 zeolite
show clear differences, which are associated with the presence of the matrix in the
catalyst. The one of the used CZ15 catalyst exhibits three peaks at ca. 390, 465 and
550 °C (Figure 2a), attributed to the combustion of the coke fractions C1, C2 and C3,
respectively. From the deconvolutions of the TPO profiles obtained for each zeolite-
based catalyst (CZ15 and CZ140) using different temperatures and space time values,

the apparent kinetic constant and activation energy of the combustion of each coke
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fraction was computed (Table 2). Regarding the values of apparent kinetic constants of
coke fractions C1, C2 and C3 (190, 61.1, and 7.56 atm™ h'!, respectively) and their
activation energy (69.6, 88.9 and 144 kJ mol™!, respectively), coke fractions easily burn

following the order C1 > C2 > C3.

The existence of three coke fractions with different combustion rate deposited on the
surface of an agglomerated HZSM-5 based catalyst has been related to their different
location in the particle and composition.*> Coke fractions C1 and C2 are located outside
the microporous texture of the zeolite since they are not observed in the TPO of the bare
zeolite (Figure 2b). Coke fraction C1, which exhibits low combustion temperature, is
located on the mesoporous texture of the matrix and its formation is a consequence of
the sweeping of the coke precursors from the acidic sites of the zeolite. Without the
presence of the strong acidic sites of the zeolite, precursors of coke are deposited on the
matrix surface but do not develop such a condensed structure. Consequently, it burns at
this low temperature (390 °C). Coke fraction C2 is associated with carbonaceous species
located on the external surface of the zeolite crystals (presumably in the mouth of the
zeolite channels). This can explain its intermediate values of combustion kinetic
parameters (Table 2) and its minimum presence in the Z15 zeolite (Figure 2c¢), since

the external surface of Z15 is very low (45 m? g, Table 1).

In Z15 zeolite, the combustion of coke fractions C2 and C3 (orange and grey lines in
Figure 2b) are overlapped inasmuch as zeolite crystals are not dispersed in a matrix but
form clusters within which coke fraction C2 is also deposited. For this reason, coke
fraction C3 is the only noticeable one in used Z15 zeolite. Its high combustion
temperature (550 °C) suggests that this coke fraction presents a developed and
condensed structure. This is presumably a consequence of its formation over the acidic

sites of the zeolite, thus partially blocking micropores (Table 1). Several authors
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associated the formation of coke from methanol®®*** and DME* with the
condensation of polyalkyl aromatics (trapped in the channels of the zeolite) towards
developed carbonaceous structures. Therefore, the location of this coke fraction C3
within the micropores of the zeolite (blocking the acidic sites) hinders its combustion,
which could explain the position of the peak in the TPO profile and the values of the

kinetic parameters.

Table 2. Kinetic parameters of the combustion of each coke fraction deposited in CZ15

and CZ140 catalysts.

CZ15

CZ140

ki (atm™! h'!)
k2 (atm™! h'!)
k3 (atm™! h'!)
E:1 (kJ mol!)
E: (kJ mol!)

E3 (kJ mol!)

(1.90 £ 0.25) 10?
(6.11 +0.90) 10’
(7.56 £ 1.23) 10°
(6.96 £ 1.25) 10!
(8.89 +2.50) 10"

(1.44 +0.21) 10

(1.68 = 0.20) 102
(4.89 +0.19) 10!
(1.01 + 0.09) 10!
(8.10+0.31) 10!
(1.07 + 0.07) 10>

(1.16 + 0.04) 10°

According to the literature on the combustion of coke, the composition of each coke
fraction could also be associated with their different combustion temperature. Several
authors attributed higher combustion rate (coke fractions C1 and C2) with the presence
of O-containing carbon structures*->°. Leistener et al.>! also reported a linear correlation
between the activation energy of each carbonaceous species and its C/H ratio. They

found values of activation energy for coke in the same range that the ones we have
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observed, and according to their results, the coke fraction C1 should have lower carbon
content (more aliphatic) than those of coke fractions C2 and C3. In this regard, the latter
presents the most condensed structures without oxygen due to the high activity of acidic

sites for dehydrating and condensing components of coke.

Figure 2c¢ also displays a double content of coke deposited in the CZ15 catalyst than
that in Z15 zeolite. Hence, the content of coke per zeolite weight is similar in both cases
(ca. 6 wt%). In consequence, the role of agglomerating the zeolite in a matrix is to
modify the distribution of coke fractions, diminishing the content of coke fraction C3
and favoring the deposition of coke fractions C1 and C2 outside the zeolite in the

mesopores of the matrix.
3.2. Effect of the Si/Al ratio de la zeolite

Figure 3a shows the evolution of the DTO conversion with time on stream for two
agglomerated catalysts with different Si/Al molar ratio (CZ15 and CZ140) at 350 and
400 °C. Table 1 shows the total acidity values of both, being higher the one registered
for the catalyst with lower Si/Al molar ratio (0.42 and 0.33 mmol.ga g for CZ15 and
CZ140, respectively). In a previous work, the strong influence of Si/Al molar ratio on
the amount of acidic sites in a HZSM-5 zeolite was demonstrated,’”> which is also
reported by other authors.>* It can be observed that the initial conversions are similar for
both catalysts at the same temperature, thus yielding values of 28.4 and 25.6% at 350 °C
and of 99.5 and 89.5% at 400 °C (for CZ15 and CZ140 catalysts, respectively).
Nevertheless, the conversion decays much faster for the CZ15 catalyst (with higher
acidity and acid strength), being remarkable the practically total loss of the activity after
4.5 h at 400 °C (the remaining conversion of 2 % is the results of the thermal cracking

of DME forming CO and CHg4). On the other hand, CZ140 catalyst presents a linear and
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slower decay of the conversion, and losses ca. 10 % of the initial conversion at 15 h on

stream at both temperatures.
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Figure 3. Evolution of (a) the conversion and (b) the Ethene/2MBu ratio with time on

stream for the CZ15 and CZ140 catalysts at 350 and 400 °C. Space time, 1.0 gy h’!

molc ™.

An evaluation of the relative effect of deactivation on each of the cycles of olefin

formation mechanism is carried out by following the Ethene/2MBu (2-methylbutane

and 2-methyl-2-butene) ratio defined by Khare et a

1'54

The evolution of this ratio with

time on stream gives an estimation of the dominant cycle during the reaction. This way,
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an increase in the Ethene/2MBu ratio represents an increase in the relative advance of
the arene/alkene cycle ratio. Although this methodology only provides an overall
approximation of the relative contribution of each cycle, it is a useful tool for
understanding the product distribution in the conversion of methanol and DME into
olefins. This ratio has been reported as particularly interesting for comparing
experimental runs co-feeding reactants®’ or using catalysts with different Si/Al ratio.>*

Figure 3b illustrates the evolution of Ethene/2MBu ratio with time on stream for the
four runs depicted in Figure 3a. As we previously observed for this reaction,* a
decrease in the reaction temperature leads to an increase in the Ethene/2MBu ration at
zero time on stream and then to a promotion of the arene cycle. Regarding the zeolite
acidity, the arene cycle is also favored when the catalyst presents lower acidity (CZ140
catalyst). At this point, low DTO conversions (achieved with low acid catalyst and/or at

low temperature) could be associated with higher arene cycle contribution and olefins

selectivity.

Regarding the evolution of Ethene/2MBu ratio with time on stream obtained with
CZ140 catalyst (Figure 3b), constant and slightly increasing trends are observed at
350 °C and 400 °C, respectively. This suggests an increasing contribution of the arene
cycle as the catalyst deactivation occurs. The higher Ethene/2MBu ratio registered for
CZ140 catalyst than that for CZ15 one can also be associated with the higher stability of
the first in this reaction. The decrease in the Ethene/2MBu ratio with the CZ15 catalyst
upon increasing the time on stream at 350 °C (Figure 3b) indicates an increase in the
relative contribution of alkene cycle as the catalyst is deactivated. Interestingly,
Ethene/2MBu ratio shows very low initial values and reaches a maximum using this
catalyst at 400 °C. This result can be attributed to the complete conversion observed

during the first 3 h on stream, which means that the arene cycle (first stage of the
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mechanism) has reached the thermodynamic regime. Consequently, the low value of
Ethene/2MBu ratio is due to the advance of alkene cycle at these conditions. After this
period, deactivation is noteworthy and the Ethene/2MBu ratio increases, pointing out a
higher relative contribution of the arene cycle on the formation of products. Finally,
deactivation also attenuates the advance of the arene cycle and the decreasing tendency

of the Ethene/2MBu ratio is similar to that observed at 350 °C with the same catalyst.

The different deactivation rate and product distribution of catalysts with different
acidity could be explained by the formed coke fractions, which are observed in the TPO
profile shapes of Figure 4. The TPO profiles of the used CZ140 catalyst (Figure 4b at
350 and 400 °C) show a wider peak distributed in a higher range of temperature and
with a maximum located at lower temperatures than the ones of used CZ15 catalyst
(Figures 4a at 350 and 400 °C). Therefore, a coke with a more heterogeneous nature is
deposited on the surface of CZ140 catalyst. This also leads to a little discrepancy
between the kinetic parameters of the combustion of each coke fraction deposited in
both catalysts (Table 2). In this sense, the apparent kinetic constant of the combustion
of the coke fractions C1 and C2 decreases and their activation energy increases when
the acidity of the catalyst is lower (CZ140 catalyst). However, the combustion of the
coke fraction C3 shows a higher apparent kinetic constant (10.1 atm™ h'') and a lower
activation energy (116 kJ mol™!), which means that it is easily burnt off. This is in
accordance with the lesser capability of condensing species of coke exhibited by the

weaker acidic sites.
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Figure 4. TPO profile deconvolutions for the used (a) CZ15 and (b) CZ140 catalysts at

350 °C and 400 °C, and (c) content of each coke fraction deposited on these catalysts.
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The textural parameters of used catalysts, displayed in Table 3, corroborate the
previously discussed location of this coke fraction C3 within the micropores of the
zeolite (Table 1). The values S; calculated for the CZ15 catalyst at both temperatures
are similar, or even higher, than those of Sger. That means that the used catalysts
present a totally blocked microporous texture but shows certain external surface. On the
contrary, the used CZ140 catalysts present higher specific surface area with a
considerable contribution of micro- and mesopores (Sger > St). The lower blockage of
the zeolite micropores is in accordance with the lower activity loss, the lower content of
coke and the more heterogeneous nature of coke (with lower amounts of coke fraction
C3) exhibited by the CZ140 catalyst. The total acidity values of the used catalysts are
also consistent with the discussed textural parameters (Table 3), showing the used

CZ140 catalysts higher values at both temperatures.

Table 3. Textural and acid parameters of the used CZ15 and CZ140 catalyst at different

reaction conditions from Nz adsorption-desorption isotherms and t-BA adsorption-

desorption.
SBET St Vmicropore  T0tal acidity
m’g) (m’g") (em’g") (mmolessg?)
CZI5
350 °C; 0.5 gea h'! molC!; Pure DME 94 108 0.00 0.10
350 °C; 1.0 gea h'! molC-!; Pure DME 91 90 0.00 0.11
350 °C; 1.0 gea h' molC'; 1:2 (DME:N>) 89 105 0.00 0.09
350 °C; 1.0 gea h! molC'; 1:2 (DME:H,0) 127 119 0.01 0.15
400 °C; 1.0 gea h™! molC!; Pure DME 74 85 0.00 0.06
CZ140
350 °C; 1.0 gea h! molC!; Pure DME 180 117 0.03 0.20

400 °C; 1.0 gea ! molC™'; Pure DME 192 105 0.04 0.24
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The total content of coke and the ones of each fraction (Figure 4c¢) can also be related to
the evolution of the Ethene/2MBu ratio with time on stream depicted in Figure 3b. The
increase in the temperature with CZ140 catalyst does not significantly change the
amount of deposited coke (ca. 1.9 wt% at both temperatures in Figure 4¢). However, a
slight increase in the amount of coke fraction C3 can be observed, which could be
attributed to the condensation of the hydrocarbon pool species. This situation
corresponds to the higher relative contribution of the alkene cycle observed in Figure
3b at high temperature. On the other hand, the used CZ15 catalyst exhibits higher
contents of coke and particularly of coke fraction C3 deposited within the micropores of
the zeolite, which is presumably explained by the faster degradation of the species
involved in the dual cycle mechanism. Although coke fraction C3 is responsible of the
fast-initial deactivation, it is also significant the important increase in the coke fraction

C2 at 400 °C that points out the deposition of coke outside the zeolite crystals.
3.3. Effect of the reaction conditions

For discussing the effect of reaction conditions on the coke deposition and catalyst
deactivation, runs were carried out using different temperatures and space time.
Figure 5 shows the evolution of the total content of coke and the one of each coke
fraction deposited in the CZ15 (Figure 5a) and CZ140 (Figure Sb) catalysts from a
reaction temperature of 325 to 400 °C. Moreover, Figure 6 illustrates the evolution of
the conversion with time on stream for these runs. Regarding the results obtained with
the CZ15 catalyst, the total coke content increases when the reaction temperature is
raised, however an opposite trend is observed for the coke fraction CI, which
significantly drops (Figure 5a). Likewise, an increment of the temperature leads to
increases in the conversion and deactivation rate (Figure 6a). Thereby, the results of

coke formation rate and advance of DTO reaction could be associated. Coke is
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predominantly formed within the channels of the zeolite (coke fraction C3), which
could diffuse outside them when the amount of deposits is relatively high (coke fraction
C2, with remarkable concentration at 400 °C). After 6 h, acidic sites are almost
deactivated for the formation of olefins (Figure 6a), but they show a residual activity
for the methylation of polyalkyl aromatics and the formation of coke. Lastly, the fast
rate of condensation of this intermediates at high temperatures could explain the lower

migration of deposits to the mesoporous matrix at this condition (coke fraction C1).

18
| (a) CZ15
15k ]
<o e, [ ]
= 12V|:|C2 i
N I e
5
z or 17
5]
g |
2 6t |
)
U L 4
3L 4
0

325 350 375 400

3.0
| (b) CZ140
25¢F 4

20F :

Coke content (wt%)

325 350 375 400
Temperature (°C)

Figure 5. Evolution of the content of each coke fraction with temperature for the used

(a) CZ15 and (b) CZ140 catalysts (Space time, 1.0 geae h! molc ™).
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stream for the (a) CZ15 and (b) CZ140 catalysts. Space time, 1.0 gcat h™! molc .

The lower acidity of CZ140 catalyst has a strong influence on the deposition of coke
(Figure 5b) and on the decay of the conversion with the time on stream (Figure 6b),
which is slower than that observed with CZ15 catalyst (Figure 6a). Although the initial
activity of the CZ140 catalyst is lower, the also lower density and strength of the acidic
sites hinder the direct formation of coke through oligomerization of olefins.*>>¢
Figure 5b shows different coke fraction distribution in both catalysts, being the coke

fraction C3 the main one deposited on the CZ15 catalyst. On the contrary, the formation
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of coke fractions C1 and C2 is favored by the lower activity of CZ140 catalyst for

condensing olefins and retaining polyaromatics within its channels.

According to these results, mild conditions, such as moderate acidity or low temperature
(350 °C), allow for controlling the advance of the reaction and the formation of coke. In
these cases, the main cause of deactivation should be the mask of acidic sites by coke
(observe the decrease of total acidity in Table 3). The straight and relatively wide
channels of MFI framework ease the sweeping of the precursors of coke, thus delaying
the formation of polyaromatic structures that block the zeolite pores. This total blockage
of micropores is reported as the main cause of deactivation of a SAPO-34 catalyst
during the conversion of methanol,’’*® and it is also observed in our reaction when
conditions were harsher (high acidity and 400 °C). A negligible value of Vmicropore and
very low one of total acidity (0.06 mmolipa g') is registered at these conditions
(Table 1). It is worth of mentioning that the similar Vmicropore Values could be associated
with the conditions of porous texture characterization (-196 °C) that can homogenize the
coke of all used catalysts. Using DME as reactant, lower temperatures and acidity can
be used due to its higher reactivity, which leads to a lower advance of condensation

reactions.

Modifying the space time allows for studying the advance of the reaction, which gives
information about the advance of the mechanisms of coke formation. Figure 7a depicts
the effect of the space time on the coke content and the ones of each fraction using the
CZ15 catalyst at 375 °C. The evolution of product distribution at these conditions is
depicted in Figure 7b. The total content of coke increases from 3.7 to 9.5 wt% for space
time values of 0.25 and 1.0 gex h molc™!, respectively, and coke fraction C3 is
predominant in all cases (Figure 7a). Otherwise, this coke fraction represents an 80% of

the coke deposited at low space time (low advance of the reaction). This result is
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consistent with the previously proposed hypothesis of coke formation over the acidic
sites within the zeolite crystals and the precursors sweeping to the inert matrix, thus
yielding the coke fractions C1 and C2. The low value of total content of coke exhibited
for a space time value of 0.25 gear h molc! (Figure 7a) is related with maxima
concentrations of DME in the reaction medium (Figure 7b). This suggests that DME
has a lower impact on the formation of coke compared with other products. By rising
the space time, the content of all coke fractions increases in parallel with the following
reaction medium evolution: a decay of DME concentration and an increase in the yields
of olefins, paraffins and BTX aromatics. The maximum of coke content and olefins
concentration observed for a space time value of 1.0 ge h molc™! suggests that these

species are the main precursors for the formation of coke.
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the product distribution for the CZ15 catalysts at 375 °C

3.4. Effect of DME dilution

The encouraging interest of co-fed water for mitigating the catalyst deactivation in the

conversion of methanol is well-established in the literature,>® !

and in fact, this strategy
is used at industrial scale in MTO process.?’ This attenuation of deactivation has also
been observed in the conversion of DME!'#2? and has been attributed to several factors:

(1) the reduction of the partial pressure of reactants, which delays the advance of the

reaction; (ii) the competitive adsorption of water and coke precursors on the acidic sites,
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and; (ii1) the sweeping of the precursors of coke from the zeolite to the mesoporous
matrix. Additional DTO runs were carried out by diluting DME with water (maintaining
the same space time referred to C units, 1.0 geat h™! molc™!) for determining its influence
on the deposition of coke and on the catalyst deactivation. Figure 8 shows the total
content of coke and the one of each fraction using the CZ15 catalyst and co-feeding N>

or H,0 with DME at 350 °C (Figure 8a) and 400 °C (Figure 8b).
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Figure 8. Evolution of the content of each coke fraction with the DME dilution with N>
or H,O using the CZ15 catalyst at (a) 350 °C and (b) 400 °C. Space time, 1.0 gca h’!

molc .
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Co-feeding N> with DME leads to a decrease in the total content of coke (Figure 8a)
due to the lower advance of DTO reaction as a consequence of the reduction of DME
concentration.?’ This also provokes a drop of the initial conversion but it is worth of
mentioning the slightly decrease of deactivation rate achieved following this dilution
strategy (Figure 9a). In contrast, the effect of co-feeding water at 350 °C presents
higher impact on the deposition of coke and the attenuation of catalyst deactivation. A
pronounced drop of the coke fraction C3 (and consequently of the total content of coke)
is observed using a DME/H>0 molar ratio of 1:2 (Figure 8a). The promoted sweeping
by steam of the precursors of coke to the mesopores of the matrix and their competitive
adsorption over the acidic sites could explain this interesting result, as well as the
increase in the relative concentration of coke fractions C1 and C2. This intermediates
swept, which unblocks the acidic sites, leads to the aforementioned decay of the initial
conversion but allows reaching a steady conversion state using a DME/HO ratio of 1:4
(Figure 9a). Textural and acid parameters are in concordance with this hypothesis
(Table 3). As observed, the values obtained for the catalyst used with a DME/N> molar
ratio of 1:2 are similar to those registered for pure DME. However, co-feeding water
with a DME/H>O ratio of 1:2 yields a used catalyst with higher Sger and some
remaining accessible micropores (Sger > St and Vmicropore >0), which could explain the

higher values of conversion after 15 h on stream.
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The previously discussed influence of co-feeding H,O with DME on the catalyst
deactivation is stronger than that observed in the conversion of methanol**®! since pure
methanol tends to easily dehydrate to DME, forming water at the inlet of the reactor.

Consequently, the strategy of co-feeding water turns out interesting in the conversion of
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DME despite the conversion and product distribution can significantly change with the

DME/H>O0 ratio (Figures 9c¢ and 9d).

Increasing the temperature up to 400 °C, a similar tendency is observed in the
deposition of coke (Figure 8b). A reduction of the total content of coke from 15.7 to
2.2 wt% 1is achieved with a DME/H>O molar ratio of 1:8. Nevertheless, the coke is
mainly located within the micropores of the zeolite (coke fraction C3), leading to a
relatively fast catalyst deactivation, and a situation of catalytic stability is not reached at
this higher temperature (Figure 9b). Steam seems to favor the sweeping of coke
precursors (coke fraction C1 and C2 are not observed for high DME:H>0O molar ratios,
Figure 8b) but does not avoid the oligomerization and condensation mechanisms that
lead to catalyst deactivation. Therefore, reaction temperature also plays a key role in the
influence of water on the deposition of coke. At 400 °C, the high activity of this
catalyst, which rapidly forms the reaction intermediates and coke precursors, makes
more difficult to attenuate the coke deposition inside the zeolite crystals. Undoubtedly,
the high acidity of CZ15 catalyst presumably contributes to this outstanding activity of

condensing coke at 400 °C (Figure 4c).
3.5. Catalyst regeneration

Regenerability is one of the most important properties of the catalyst from an operating
feasibility point of view. Particularly, it is crucial in acid-catalyzed reaction, such as
catalytic cracking (FCC) or MTO, in which deactivation by coking is fast. Although a
complete combustion of deposited coke is observed at 550 °C (Figures 2 and 4), this
does not necessary mean a total recovery of the catalytic activity. In this regards, cycles
of reaction-regeneration were carried out with both catalysts and different conditions of
reaction and regeneration. Figure 10 shows the evolution with time on stream of the

DTO conversion and the yields of olefins and the rest of hydrocarbons during two
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reaction steps after a regeneration treatment. Results correspond to the CZ15 catalyst
used at 350 °C, regenerated through two different treatments: (i) sweeping with N> (2 h
at 550 °C) or; (ii) combustion of coke during a ramp temperature of 5 °C min™!' from 350
to 550 °C (Figure 10a and 10b, respectively). The aging of coke under an inert or
reductive atmosphere at high temperature is well-known,®> but these possible
modifications in coke structure do not allow for recovering any catalytic activity
(Figure 10a). As observed, the conversion and yields at the beginning of the 2"
reaction cycle are practically overlapped with the last ones of the 1% cycle.
Nevertheless, the catalyst totally recovers the activity of the fresh one after a
regeneration treatment based on the combustion of coke under an air continuous flow
during a ramp temperature between 350 and 500 °C (Figure 10b). In the 2" reaction
cycle, the regenerated catalyst exhibits a perfectly reproducible evolution with time on

stream of the conversion and product distribution.
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Figure 10. Evolution of the DME conversion and the yields of olefins and other
hydrocarbon with time on stream in a reaction-regeneration cycle with CZ15 catalyst
under the conditions: (a) 350 °C; 1.0 geat h™! molc '; regeneration through sweeping with
N2 at 550 °C, 2 h; and (b) 350 °C; 0.5 gear h' molc !; regeneration through coke

combustion in air (temperature ramp from 350 to 550 °C).

This regeneration treatment is likewise effective for recovering the activity of the CZ15
catalyst deactivated during a DTO run at 400 °C (Figure 11a, with a regeneration ramp
between 400 and 550 °C), where the deactivation of the catalyst is much more severe

(Figure 3a). At this higher temperature, the conversion decays faster, the total content
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of coke is higher and it is mainly formed by coke fraction C3 (Figure 4c¢) deposited
within the zeolite channels. Catalyst acidity does not significantly affect to the recovery
of the activity, and CZ140 catalyst also presents similar conversion and yields in the 2™
reaction cycle at 400 °C (Figure 11b). Therefore, independently of the content, location
or nature of coke a combustion treatment with air based on a continuous heating from
the reaction temperature (350 or 400 °C) to 550 °C totally recovers the initial activity of

the catalyst.
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Figure 11. Evolution of the DME conversion and the yields of olefins and other

hydrocarbon with time on stream in a reaction-regeneration cycle with (a) CZ15 catalyst
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under the conditions: 400 °C; 0.5 geat h'! molc *!; regeneration through coke combustion

in air (temperature ramp from 400 to 550 °C); and (b) Idem with CZ140 catalyst.

The results of this section highlight the relatively easy regeneration of the HZSM-5
zeolite-based catalyst deactivated during the DTO process, which is certainly interesting
for its implementation. This is presumably attributed to the low condensation degree of
the structures of coke, which is limited by the shape selectivity of the HZSM-5 zeolite.
The attenuation of the bimolecular reaction of oligomerization, hydrogen transfer and
condensation that yield coke is the main cause of the suitable performance of the

zeolite.>

4. Conclusions

During dimethyl ether to olefins reaction, three different coke fractions are deposited on
the HZSM-5 based catalyst prepared by the agglomeration of zeolite crystals with a
mesoporous matrix of y-AlbOs;. The coke fractions are associated with carbonaceous
structures located on the mesoporous matrix, the external surface and over the acidic
sites within the micropores of the zeolite crystals. The presence of the matrix
contributes to attenuate deactivation due to a favored evolution and deposition of coke

on its mesoporous surface, thus reducing the blockage of the mouth of zeolite channels.

A clear influence of the catalyst acidity and the reaction conditions is observed on the
amount and composition of the formed coke. An increase in the catalyst acidity and/or
reaction temperature promotes the deposition of coke, which is explained by the higher

activity of acidic sites for secondary reactions. Oligomerization, aromatization and
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condensation pathways (associated with the alkene cycle mechanism) seem to have a

notable effect on the formation of coke and thus, the catalyst deactivation.

An interesting strategy in order to attenuate the deposition of coke within the
micropores of the zeolite is to co-feed water with DME. A steady state of olefin
production is achieved using reaction temperature of 350 °C because of the stable
development of the arene cycle mechanism. However, this effect of water is restricted to
scenarios in which the advance of the reaction is relatively low and it is not clearly

effective using high acid catalyst and reaction temperatures of 400 °C.

In any case, the low development of coke structures explains its total removal through
combustion during a ramp temperature between 350 and 550 °C. Catalyst completely
recovers the activity, which is an important requirement for its use at industrial scale in

similar reaction-regeneration units to that of MTO process.
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